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Development of a Continuous Emulsion Copolymerization Process in a Tubular

This contribution describes the development of a continuous emulsion copolymerization processs for vinyl
acetate and n-butyl acrylate in a tubular reactor. Special features of this reactor include the use of oscillatory
(pulsed) flow and internals (sieve plates) to prevent polymer fouling and promote good radial mixing, along
with a controlled amount of axial mixing. The copolymer system studied (vinyl acetate and butyl acrylate) is
strongly prone to composition drift due to very different reactivity ratios. An axially dispersed plug flow
model, based on classical free radical copolymerization kinetics, was developed for this process and used
successfully to optimize the lateral feeding profile to reduce compositional drift. An energy balance was
included in the model equations to predict the effect of temperature variations on the process. The model
predictions were validated with experimental data for monomer conversion, copolymer composition, average
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particle size, and temperature measured along the reactor length.

Introduction

Emulsion polymerization processes are widely used for the
industrial production of different commercial products, such as
paints, coatings, adhesives, and varnishes, that are typical
applications of filming-forming latexes and can be carried out
with a great variety of monomers in different types of reactors.
Emulsion polymerization occurs in a heterogeneous medium
composed of water as the continuous phase, emulsifiers,
monomers, water-soluble initiator and additives. Because of the
multiphase and compartmentalized nature, high molecular
weights and high polymerization rates can be achieved, thus
favoring higher productivity and lower residual monomer
contents in the final latex composed of submicrometric polymer
particles.

In a typical emulsion polymerization process, several phases
may be present. The mixture of monomers are dispersed in water
as droplets and stabilized by emulsifier in their surface. Excess
of emulsifier may form micelles that are swollen by monomer.
Radicals produced in the aqueous phase by decomposition of
water-soluble initiator react with monomer forming oligoradi-
cals. After grow some monomeric units, oligoradicals become
hydrophobic enough to be able to enter into micelles, if present,
thus producing polymer particles (micellar nucleation), or enter
into previously formed polymer particles. The oligoradicals in
the aqueous phase can further grow up to a critical length, at
which they precipitate and, after being stabilized by emulsifier,
form a new polymer particle (homogeneous nucleation). Mass
transfer of monomers is generally much faster than the polym-
erization, so that the distribution of the monomers in the different
phases (droplets, aqueous phase, monomer-swollen polymer
particles, and monomer-swollen micelles) is assumed to be in
equilibrium. Similarly, the distribution of emulsifier on the
different surfaces (droplets, polymer particles, micelles) and
dissolved in aqueous phase are considered in equilibrium.
Monomer diffuses from the droplets to the polymer particles,
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which is the main locus of the polymerization process, following
the classical mechanisms of free-radical polymerization (propa-
gation, chain transfer, termination). Chain transfer to monomer
generates small radicals that can exit the polymer particles to
the aqueous phase. The full mechanism of emulsion polymer-
ization is rather complex and is described in details in the
literature; ¢ only a short description of the process was
presented.

Most of the industrial emulsion polymerization processes are
carried out using batch or semibatch reactors, due to their
flexibility and multiproduct features. The main drawback is
related to control of the product quality due to the batch-to-
batch variability. Continuous reactors present the advantages
of lower volumes and better control of polymer quality, as they
are typically operated under a steady-state regime. Continuous
stirred tank reactors (CSTRs) may exhibit self-sustained periodi-
cal oscillations in monomer conversion and particle sizes under
certain operating conditions. These oscillations can be minimized
or avoided in tubular reactors with pulsed flow because of a
lower level of backmixing; moreover, tubular reactors present
further advantages over CSTRs, such as higher operational
flexibility, less off-spec product because of shorter transients
during startup, shutdown and grade transitions, and better
temperature control because of the higher heat transfer area-
to-volume ratio." Tubular reactors can also be operated as loop
reactors using high recyling rates, with the advantages of high
heat transfer area and high flow velocity; however, loop reactors
work essentially as a CSTR (in terms of backmixing) and thus
are potentially prone to the occurrence of self-sustained oscil-
lations under certain operating conditions.”> An interesting
alternative is the utilization of tubular reactors without recycle,
along with pulsed (oscillatory) flow. More specifically, with
reference to pulsed continuous tubular reactors, these actually
can be of three types: pulsed column (PC),>* pulsed packed
column (PPC)>>”~% and pulsed sieve plate column (PSPC).%’
In all cases, pulsations produce sufficient turbulence to avoid
clogging and fouling by the polymer particles. The presence of
internals (packing or sieve plates) promotes appropriate flow
patterns that favor radial mixing and thus reduce radial gradients
of velocity, concentration and temperature. Recent publica-
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Table 1. Formulation of the Continuous VAc—BuA

Copolymerizations
reactants weight fraction
water 0.8069
SLS 0.0024
Na25203 0.0029
VAc* 0.1596
BuA“ 0.0282

“ Initial proportion VAc/BuA = 0.85/0.15.
tions®®*~'%4% studied emulsion homo- and copolymerizations in
a PSPC and showed that the presence of sieve plates combined
with pulses allowed one to minimize radial gradients of
temperature and concentration, as well as, latex coagulation. In
addition, the amplitude and frequency of the pulses may also
be used to vary the axial dispersion along the column, which
in turn may affect polymer properties.> >'' '3

The aim of this work is to report the development of a
continuous process for emulsion copolymerization of vinyl
acetate (VAc) and butyl acrylate (BuA) performed in a PSPC
type tubular reactor. This pair of comonomers was chosen in
this study because of the commercial importance of this system
for the water-borne coating industries and also because of the
differences in the aqueous phase solubilities and in the reactivity
ratios of these monomers.'*!> Both differences between these
monomers contribute to a large compositional drift with
conversion, making the control of the copolymer composition
throughout the reaction difficult, thus affecting the polymer chain
microstruture and the thermal and mechanical properties of the
polymer.'*'®!'” To improve its operational flexibility, the PSPC
tubular reactor is composed of five sections, each one presenting
independent lateral feed and temperature controls. In this case,
the PSPC provides different operational feeding possibilities that
allow control of the copolymer composition by feeding the more
reactive monomer along the column. For this reason, in this
study the effect of the number of lateral feed streams on the
polymer properties was evaluated. Different numbers of lateral
monomer feed streams distributed along the reactor length were
employed in the experimental runs and the resulting differences
in the uniformity of the copolymer composition were evaluated.
The development and the optimization of the lateral feedings
were supported by a mathematical model representative of the
process. Based on the model simulations, an optimal feeding
profile was calculated and experimentally applied in the PSPC,
allowing the production of a more homogeneous copolymer.
The results also permitted the validation of the mathematical
model as a reliable tool for the prediction of experimental runs.

Experimental Procedures

Materials. The following reactants were used in the continu-
ous emulsion copolymerizations: industrial grade vinyl acetate
(VAc), butyl acrylate (BuA), and acrylic acid as monomers,
sodium persulfate (Na,S,0g) as water-soluble initiator, sodium
lauryl sulfate (SLS) as emulsifier, and distilled and deionized
water. The inhibitor hydroquinone was used to stop the reaction
in the samples collected at different points along the reactor
length. Table 1 describes the formulations used throughout the
continuous reactions in the PSPC reactor, and the Table 2
includes the operational parameters of the reactions.

Pulsed Sieve Plate Column Reactor. The PSPC reactor
consists of five vertically mounted stainless steel sections; each
one is 1000 mm long with a 40 mm inner diameter. The
perforated plates, also made of stainless steel, have 39 holes
placed in a triangular arrangement, resulting in 22.7% of free
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Table 2. Operational Conditions of the PSPC Reactor

operation variable value
pulse amplitude 18 mm
Pulse frequency 2.1 Hz
jacket temperature 56 —57.5°C
average residence time 30 min

total reaction time 180 min

area in each plate. Plate spacing between two consecutive plates
is 50 mm, resulting in a reactor void fraction of 95.7%. Figure
1 presents schematically the experimental unit. A pulsator (G)
is located at the bottom of the reactor, and its pulsation provides
a combination of good local agitation with little backmixing,
preventing deemulsification along the reactor and reactor
clogging, and reducing radial gradients of temperature and
concentration. The amplitude of pulses (stroke length) was 18
mm and the pulsation frequency was set to 2.1 Hz. In all
sections, the same inlet cooling jacket temperature was kept
constant, ranging from 56 to 57.5 °C, by controlled mixing of
hot and cold water. Reactants are fed in the bottom of the reactor
and flow upward. There are four additional lateral feeding points
in the flanges between two consecutive sections. The flow rates
of all monomer and aqueous phase feed streams were maintained
constant by using a computer-based PI controller system. In
this case, metering pumps (L) were controlled according to the
weight decrease of the tanks (B and C) containing monomer
and aqueous phase. The temperature of the water entering the
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Figure 1. Continuous pulsed sieve plate column reactor. A, Reactor; B, C,
feed tanks; D, agitator; E, premixing tank; F, heater; G, pulsator; H, sampling
points; I, jacket entrance; J, jacket outlet; K, balances; L, metering pumps;
M, computer. Internals (sieve plates) are not shown.
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Figure 2. Simplified flow diagram of the mathematical model.
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Table 3. Parameters Used in the Simulations (A = VAc, B = BuA)

parameter value units source

kg 1.8 x 10" 57! Rawlings and Ray**
exp[—17155/T]

kpaa 1.445 x 10'° cm*/mol s Hutchinson et al.>
exp[—2489.65/T]

kypp 2,73 x 10° cm¥/mol s  McKenna et al.>¢
exp[—3170/T]

kpan kpaalra cm’/mol s

koA kysB/TB cm?/mol s

kean 243 x 1075 kpaa cm*/mol s Chatterjee et al.>’

kipp 1.9 x 10™* kypp cm¥/mol s Brandrup and Immergut®®

kean keanlTa cm’/mol s

ks ks/Ts cm®/mol s

kiaa 5.255 x 10° cm’mol s Baad et al.>®
exp[—884/T]

kisp 1.6794 x 107 cm’mol s McKenna et al.?*
exp[—1409/T]

kiap kiaa cm?/mol s

Fm 2.5 % 1077 cm Min and Ray*®

[Eleme 243 x 107 mol/cm®  Unzueta and Forcada®!

Dwa 1.1 x107° cm?/s Min and Ray*®

Dwg 1.0 x 1072 cm?/s Gardon*?

Dy 1.1 x 107°® cm?/s Min and Ray*®

Dyg 1.0 x 1077 cm?/s Gardon*?

Sabsa 1.95 x 1072 adjusted

fuvsB 59 x 107° adjusted

Sabsma 0.15 x 1073 adjusted

SavsmB 1.0 x 1078 adjusted

&I 1.0 x 1077 st adjusted

% 0.0 57! Sayer and Giudici'®

Doma 3.0x 1073 57! Sayer and Giudici'®

Pom 1.0 x 1072 st Sayer and Giudici'®

Jerita 16 Gilbert*?

JeritB 8 Gilbert*?

Joa 8 Gilbert™

s 1 Gilbert™

k4 34.7 Gardon*?

ks 705.0 Unzueta and Forcada®!

kR 28.0 adjusted

kB 460.0 Unzueta and Forcada®!

ra 0.04 Pichot et al.**

B 4.7 adjusted

a [39.3w, + 26.5(1 — w,)] cm?*mol adjusted
Ny x 10716

AH, —20895 cal/mol Brandrup and Immergut®®

AHg —15439 cal/mol BASF*

[N 1.0 cal/(gK) adopted

Pe,, 61.6 Palma and Giudici'?

Pey, 7.0 adjusted

Un 72 cal/(s K)  measured

jacket was controlled (PI controller) by the mixture of hot and
cold water streams. Samples can be taken from the sampling
valves located along the reactor length, at the end of each section
of the reactor.

Table 4. Operational Conditions Used in the Experimental Run

BuA feeding profile

average jacket
run temperature (°C) z=0m z=1m z=2m z=3m z=4m

A 57.5 100%

B 573 3333% 33.33% 33.33%

C 57.5 33.33% 33.33% 33.33%

D 56.5 25% 25% 25% 25%

E 57.2 20% 20% 20% 20% 20%
F 56.0 13% 41% 27% 10.6% 8.4%

Latex Characterization. Monomer Concentrations. Re-
sidual VAc and BuA concentrations were determined by gas
chromatography (Shimadzu HS-GC 17A with headspace sam-
pling device) combined with gravimetry. Conversion: Monomer
conversion (x) was calculated from gravimetric data. Copolymer
composition: The cumulative composition of the copolymer
(weight fraction of VAc in the copolymer) was calculated from
monomer concentrations measured by gas chromatography.
Average particle diameter: Photon correlation spectroscopy
(Coulter N4-Plus) was used to measure the average particle
diameters (Dp).

Particle Number Per Gram of Latex (Particle Concentra-
tion). Conversion and average particle diameter data were used
to calculate the particle number (N,).

Mathematical Model. The mathematical model for the
emulsion copolymerization of VAc and BuA in a PSPC-type
tubular reactor is based on the one-dimensional axially dispersed
plug-flow model previously developed by our group.'®'? In this
model, the flow velocity is assumed to be the average net value
(a constant value, without pulsation) and the axial mixing effect
of the flow oscillations is accounted for by the axial dispersion
term. In the present study, the energy balance was included in
the model so that the influence of different temperature profiles
could be taken into account.

With regard to the kinetic model for the copolymerization
reactions, the classical free radical mechanism (considering
initiator decomposition, initiation, propagation, transfer to
monomer, transfer to polymer, and termination steps) was
adopted, and the following assumptions were considered:

* Monomer concentrations in polymer particles, monomer
droplets, and aqueous phase are at thermodynamic equi-
librium and are computed using the iterative procedure
proposed by Omi et al.?® (1985).

* Total mass of polymer produced in the aqueous phase is
negligible.

* Particle nucleation occurs through micellar and homoge-
neous mechanisms.

e Particle coagulation depends on initiator concentration.

e The average number of radicals per polymer particle is
computed by using the method of continued fractions
proposed by Ugelstad et al.*' (1967).

* Polymer particles are spherical and monodisperse.

The critical micellar concentration and the surface covered
per mol of emulsifier are constant.

The pseudo-steady-state assumption is valid for polymer
radicals.

* Kinetic constants do not depend on the chain length.
 Kinetic constants in the aqueous and polymer phases are
the same.

Radicals generated by initiation or chain transfer to
monomer and polymer have similar reactivities.

The pseudokinetic (pseudohomopolymerization) approach
is adopted for calculating the reaction rates of the copo-
lymerization system.
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Figure 3. Evolution of the global conversion, copolymer composition, particle diameter, temperature, particle number and average number of radicals per

particle during VAc—BuA copolymerization without lateral feed (run A).

Details of the kinetic model can be found in Sayer and Giudici'®
and, for the sake of conciseness, will not be repeated in detail
here.

The mass balances are written for the polymer particles,
initiator, emulsifier, water, polymer, and monomers A (vinyl
acetate, VAc) and B (butyl acrylate, BuA) in a general form

=

2
By 05 p 0

A — rate
ot ‘oz a7

= rate

generation consumption

I\)||

(1

with the Danckwerts®* type boundary conditions

D, ox
EIZZO = Xreed fa_; - (2)
0x
=l =0 3
L, (3)

where x is the vector of the above-mentioned mass balance state
variables, z is the axial position, ¢ is time, L is the total reactor
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length, v, is the net forward axial velocity of the fluid (=
volumetric flow rate divided by the free cross sectional area),
and D, is the effective axial dispersion coefficient.

The energy balance was implemented in the present work
by using similar assumptions and is written as

2
pC or + pC UZBT kefa—jzw =

P ot 9z 9z 2 (—AH, )R, ; —

i=AB

4
UE,(T -T) &)

with the corresponding boundary conditions

ke oT
Tl =T, + —=
|z—0 feed pCpUz az -0 (5)
2 =0 ©)
32 z=L

where p and C, are, respectively, the density and specific heat
of the reaction medium, AH,; is the heat of polymerization of
the monomer i (i = A,B), R,,; is the rate of polymerization
of the monomer i, U is the global heat transfer coefficient
between the reactor contents and the water flowing in the jacket,
T and T) are, respectively, the temperature of the reaction
medium and the temperature of the water in the jacket, d, is the
reactor diameter, k. is the effective axial thermal conductivity.

The set of 8 partial differential equations given by the mass
and heat balances was numerically solved by using the method
of lines. The axial coordinate was discretized in ND nodes and
the axial first and second derivatives were approximated by finite
difference formulas. The resulting set of 8 x ND ordinary
differential equations was then solved by using the DASSL
solver.?® All simulations reported were performed with ND =
90 axial discretization points; this number was determined from
previous simulations to be sufficient to not affect the solution.
The model can simulate the transient behavior of the process
(e.g., startups, shutdowns, disturbances, transitions, etc.), as well
as the steady state axial profiles of the variables (as a function
of the axial position) as the responses of the model for very
long times. Figure 2 illustrates the model structure.

Table 3 presents the set of parameters used in all simulations.
Most of them (i.e., most of the kinetic parameters and physical
properties) were determined from previous work in literature,
and a few were adjusted as fitting parameters.

The value of the effective axial dispersion coefficient D, was
calculated as a function of the amplitude and frequency of

pulsation, flow velocity, and plate spacing from the empirical
correlations given by Palma and Giudici."

The value of the heat transfer coefficient U was experimen-
tally determined in experiments without reaction for different
values of the pulsation frequency (see Appendix).

The value of the effective axial thermal conductivity could
be roughly estimated by assuming that mass and heat dispersion
caused by the pulsations are analogous; under this hypothesis,
the dimensionless groups axial mass Peclet number (Pe,, = v,
=L/D.) and the axial heat Peclet number (Pe, = pCpv.L/kes)
would be equal. However, the conduction through the reactor
walls and internals imparts additional axial heat dispersion
mechanisms, so that Pe, < Pey,. In the present work, Pe, was
estimated by fitting the model responses to the experimentally
measured temperature profiles.

Results and Discussion

In this section, the results are present for six experimental
runs that were carried out under steady-state conditions (pa-
rameters indicated in Table 2) using different distributions of
more reactive monomer feedings. The choice of the experimental
conditions used in the experiments was primarily driven by the
previous simulations of Sayer and Giudici,'” who studied
different feeding profiles of the more reactive monomer (BuA)
along the reactor as an way to reduce the drift of the copolymer
composition. The present experiments were performed to
validate those predictions.

In addition, to test the prediction capability of the energy
balance included in the model equations, the experiments
reported in the present work were done without control of the
reactor temperature; only the temperature of the water entering
the jackets was controlled, thus allowing the occurrence of
temperature variations along the reactor length by the exothermic
polymerization. In this way, these experiments provided data
for the nonconstant axial temperature profile useful for checking
the model predictions of the energy balance.

Small differences in the value of the jacket temperature in
the different runs (56.5 + 1 °C) occurred because of variations
in the boiler that supplied warm water to the jackets. The values
of the temperatures at the reactor bottom varied in the range of
54—56 °C throughout all the experimental runs. Table 4 presents
the average temperature of the jacket and the feeding profiles
of monomer BuA along the different reactor sections for each
run. Figures 2—7 present the comparison between the experi-
mental data (discrete points) and the simulation results (continu-
ous curves).

Run A. Run A was performed without lateral feed of BuA.
All the feed (both monomers, aqueous phase, initiator, and
emulsifier) was made exclusively at the bottom of the column.
Figure 3 shows the evolution of the global conversion and
copolymer composition, the temperature, the average particle
size; number of particles, and average number of radicals per
particle throughout the column reactor. Comparison of the
experimental data (symbols) with the simulated results (curves)
is presented. The agreement is, in general, satisfactory. The
polymerization reaches almost full monomer conversion within
the first half of the reactor length, where the corresponding
increasing of temperature occurs. A very strong variation in the
copolymer composition is observed as a result of the very
different reactivity ratios of the two monomers. The copolymer
composition starts with about 40% VAc at z = 0, reaching the
average composition of 85% VAc in the last half of the reactor
length. It should be mentioned that the reported values of
copolymer composition (experimental and simulated ones) are
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Figure 5. Evolution of the global conversion, copolymer composition, particle diameter, temperature, particle number, and average number of radicals per
particle during VAc-BuA copolymerization with two BuA lateral feed at the end of sections 1 and 2 (run B).

cumulative values, for which the variations are damped. The
instantaneous values of copolymer composition exhibit much
stronger variations.

The values of average number of radicals per particle (77) are
higher in the first section of the reactor, where BuA is
polymerized. The system thus seems to follow a Smith—Ewart
case III kinetics (77 > 1/2) under the presence of BuA. After
this comonomer is almost depleted (at the downstream 60% of
the reactor length), the average number of radicals per particle

decreases for very lower values, thus seeming to follow a
Smith—Ewart case I kinetics (i < 1/2). This behavior is in
agreement with the previous studies on VAc-BuA copolymer-
ization in batch/semibatch tank reactors.*'*> The “experimental”
values of fi can be roughly estimated from the monomer
concentrations and the rate of polymerization (related to the
slope of the conversion versus time curves), which is particularly
difficult to obtain from our widely spaced data. The trend of 7
is well described by the model.
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with two BuA lateral feed at the end of sections 2 and 3 (run C).

Figure 4 presents the plot of the copolymer composition as
a function of the total monomer conversion, calculated from
the so-called Mayo—Lewis equation, using the reactivity ratios
given in Table 3. The dashed line represents the instantaneous
copolymer composition, i.e, the composition of the polymer
produced at each conversion value. The continuous line
represents the cumulative composition. This plot illustrates very
clearly the problem of composition drift. For an initial mixture
of monomers containing 85% VAc and 15% BuA, the composi-
tion of the first copolymer produced has 40% VAc and the
polymer produced after about 40% conversion is almost 100%
VAc (VAc homopolymer). The experimental data of run A
(symbols) are also plotted in Figure 4, showing that the
experimental values agreed very well with the Mayo—Lewis
curve, especially for the conversion measured by GC.

Run B. Run B was carried out with the amount of BuA
equally distributed in three points, the reactor bottom, and at
the end of sections 1 and 2. Figure 5 shows the comparison of
the experimental data with the model simulations. The distribu-
tion of the more reactive monomer in three points favors the
reduction of the composition drift, in comparison to the case
shown in Figure 3; however, there is still a large change in
copolymer composition, stating from about 60% VAc at z = 0.
The model predictions exhibit some oscillations in the conver-
sion and composition profiles at z = 1 m and z = 2 m, the
points of lateral feeding. The model follows reasonably the main

trends of the variables. Larger differences between the model
and experimental values for conversion and particle size were
seen at the end of the first section (z = 1 m) and second section
(z =2 m) and can be ascribed to two reasons: (1) sampling at
these points can be disturbed by the lateral feeding existing there
and (2) at these points the rate of the polymerization reaction
is very fast, so any delay in stopping the reaction in the sample
can enhance the experimental error. The deviations in the
experimental measurements performed in the tubular reactor are
in general higher than in equivalent measurements made in
batch/semibatch tank reactors. The difficulty is related to the
sampling itself, especially because of the sampling points being
located closer to the feeding points. Also, it is expected that
disturbances caused by sampling are more severe in tubular
reactors than in well-mixed tank reactor.

Large differences between model and experimental data are
also observed for particle number (¥,), which is not a directly
measured variable: actually, “experimental” values of N, are
calculated from the measurements of conversion (X) and particle
size (Dp), so that the experimental errors in X and in D, can be
propagated in the calculation of N, (moreover, N, depends on
the third power of D, so that even moderate errors in D, may
cause large errors in N,). The simulated curve for the average
number of radicals per particle confirmed that previously
discussed trend: 7 is higher at regions closer to the BuA feeding
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with three BuA lateral feeds at the end of sections 1, 2, and 3 (run D).

points, and much smaller at regions in which VAc polymeri-
zation is dominant.

Run C. Run C was carried out using two lateral feedings of
BuA at z =2 m and z = 3 m (at the end of sections 2 and 3),
in addition to the feeding at the reactor bottom. The flow rate
of BuA was equally divided into three fractions, with 33.33%
of BuA being fed at the reactor bottom (together with the other
reactants), 33.33% at z = 2 m and 33.33% at z = 3 m. Figure
6 shows that the simulation results again presented a good
agreement with the experimental data throughout the sections
of the tubular reactor. The results presented in this experiment,
indicate that, because of the lateral feed streams of BuA in the
central region of the reactor, an increase in the polymerization
rate and temperature is observed in the first section because of
the rapid consumption of BuA added at the base of the column.

Run D. Run D was carried out using 25% of BuA fed at the
reactor bottom (z = 0) and three lateral feedings of 25% BuA
at the end of sections 1, 2, and 3 (z = 1, 2, and 3 m). Figure 7
presents the comparison between experimental and simulated
results. A small reduction in the composition drift can be
observed with the increase in the number of lateral feedings,
that is, when the more reactive monomer BuA is better
distributed along the column is. As in the previous runs, a

generally good agreement between the experimental data and
the simulation results can be observed, with larger differences
for the conversion and composition measured at the end of the
first section, and for particle size and particle number, as already
discussed. It can be observed that the lateral feeding of BuA
causes a reduction in the polymerization reaction (indicated by
the slope of the conversion versus length curves). Because of
its higher reactivity ratio, the free radicals tend to react
preferentially with BuA than with VAc, favoring the formation
of BuA type radicals. On the other hand, the propagation rate
constant of BuA homopolymerization is lower than the propaga-
tion rate constant of VAc homopolymerization. Therefore, a
reduction in the overall polymerization rate is observed down-
stream from the lateral feeding points. Moreover, in the
simulated curves, this rate reduction effect can be seen a little
upstream of the lateral feeding point due to the effect of the
axial dispersion.

Run E. In Run E, BuA was fed using four lateral feeds with
equal amounts (20% in each stream) at the end of each section
(z=1, 2, 3, and 4 m), in addition to the main feeding at the
reactor bottom (z = 0). The results are presented in Figure 8§,
showing a fair agreement between the simulation curves and
the experimental data. This case presents the most distributed
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with four BuA lateral feeds at the end of sections 1, 2, 3, and 4 (run E).

feeding profile in comparison to the previous cases and, as a
consequence, the copolymer composition was more uniform,
as expected. Also, a smaller increase in the temperature was
observed, reflecting a slightly lower polymerization rate profile
along the reactor length. Therefore, a better control of temper-
ature is achieved when the number of lateral feeding points is
increased, an effect the can be ascribed in part to the effect of
the cold feeding stream and in part to the effect of the lower
propagation rate constant of BuA, as previously discussed.

Run F. It was noted in the previous cases that the increase
of the number of lateral feeds with a more distributed profile
of BuA favors a more uniform copolymer composition, as
desired. However, this also causes an undesired reduction in
the overall polymerization rate. In fact, this effect can be seen
in the final monomer conversion at the reactor exit (z = 5 m);
the final conversion for run E was 0.92, the lowest one among
runs A—E. Moreover, even for run E, there are some important
composition drifts in the first reactor section.

Run F presents an attempt to optimize the process. A
conventional optimization approach was not tried due to the
already heavy computational effort involved in the numerical

solution of the model itself. Instead, a simplified approach to
improve the feeding profile was devised, using ideas borrowed
from process control. Additional equations of PID control were
included in the model. The aim of this controller is to act on
all feeding flow rates of the more reactive monomer (BuA).
The controlled variables are the composition of the copolymer
at the end of each reactor section. The equations for the
controllers have the general form

1
AF = k| (x,, = Xg,0) + - J g = xguade +

d(xsp - xBuA)
o a | D
where AF is the monomer feed variation in each step of the
controller actuation for a specific column section; k. is the
controller proportional constant; 7j, 7, are, respectively, the
integral and derivative time constants; xg,s and xg, are,
respectively, the computed BuA composition value in each
actuation step at the sampling point (i.e., at the end of a specific
reactor section) and its corresponding set point (the set point
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Figure 9. Evolution of the global conversion, copolymer composition,
particle diameter and temperature during VAc-BuA copolymerization with
four BuA “optimal” lateral feeds at the end of sections 1, 2, 3, and 4 (run
F).

was xg, = 0.15, which corresponds to a weight fraction of VAc
of 0.85, the desired copolymer composition). An additional
equation ensures that the sum of all BuA feed rates is equal to
the total BuA feed rate established for the polymer formulation.

The adjusted feed rate values obtained by simulation of the
model plus the controllers define the optimal feed rate profile
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along the column when the steady state of the simulated process
and all established concentrations at the end of each section
are achieved. This procedure forces a uniform copolymer
composition along the column (particularly at the end of each
section), but it does not guarantee complete monomer conversion
at end of the column, which could be achieved by either
reducing the average residence time of the fluid in the reactor
(i.e., by changing the total flow rate), or changing the temper-
ature profile (by acting on the jacket temperatures in each section
of the reactor).

The “optimized” values of the BuA feeding distribution are
those indicated in Figure 9, which shows the simulation and
the corresponding experimental values obtained in run F, carried
out using the “optimized” feeding profile. From the comparison
between the runs C, E, and F, which were carried out at the
same temperature in the cooling jacket, it can be observed that
the final process conversion diminishes slightly with the
homogeneity level achieved for the composition of the copoly-
mer produced along the reactor at steady state conditions. Thus,
there is a compromise between the established objectives for
the conversion level and the desired homogeneity level of
copolymer composition. Furthermore, it can be noted that the
feed distribution of the more reactive monomer along the column
is not only a control factor for the homogeneity of the obtained
product but also an important operational variable that favors
temperature control.

Under steady state conditions, with a constant cooling jacket
temperature, the first two column sections are the regions of
more intense variation in copolymer composition with axial
position and with higher heat release by the polymerization.
For this reason, the insertion of additional intermediate monomer
feed points along these first two sections should give even better
results.

Conclusions

A mathematical model for the emulsion copolymerization of
VAc and BuA in a continuous tubular reactor (pulsed sieve plate
column) was developed, improved, and validated with experi-
mental data. The experimental values of temperature, monomer
conversion, copolymer composition, and average particle size,
measured under steady state conditions along the reactor length,
agree satisfactorily with profiles obtained in the simulations,
for different modes of lateral feeding. Thus, our model can
predict with sufficient accuracy the effect of lateral monomer
feed streams on the copolymer properties. The model can also
take into account the influence of different temperature profiles,
thus resulting in a powerful tool for process optimization.
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APPENDIX: Measurements of the Overall Heat Transfer
Coefficient

Values for the overall heat transfer coefficients between the fluid
inside the reactor and the water flowing in the jacket were
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measured in experiments without polymerization, using water
flowing inside the reactor. From the measurements of water flow
rate inside the reactor (1), inlet and outlet temperatures of the
water inside the reactor (7, To.), and the inlet and outlet
temperatures of the water flowing in the jacket (T, T ou), in
a cocurrent configuration of flow, the overall heat transfer
coefficient can be estimated by

(Tin - TJ,in) - (Tout - TJ,oul)

| T, — TJ,in
N7 =71

out J,out

C(T,, = Tpy) = UA

(A1)

The measurements were repeated for different pulsation fre-
quencies, using the same flow rate as of that used in the
polymerization runs. As an illustration of the results, the effect
of the pulsation frequency on the measured overall heat transfer
parameter UA is presented in Figure A.1. The assessment of
the effect of fluid viscosity can be done by replacing the water
by polymer emulsions of different viscosities.

15

14 -

-
w

UA, call/(s.C)

-
N
L
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10 +
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Figure A.1. Effect of the pulsation frequency on the heat transfer parameter,
for water flowing inside the reactor.
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